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Abstract

A mathematical model is developed for describing the dynamic behavior of the gas
phase ethylene polymerization reactor. The model is based on the dynamic two-phase
concept of fluidization in which the bubbles may contain solid particles and the
emulsion is capable of containing more gas than that of minimum fluidization. The
fluidized bed reactor is divided into several serial sections consisting of bubble and
emulsion phases. Flow of the gas is considered as plug flow through the bubbles and
perfectly mixed through the emulsion phase. Polymerization reactions occur in both
emulsion and bubble phases. Variation of the process variables as well as the polymer
properties were studied as a function of operating time. The bed height was controlled
by the product withdrawal rate with a PID controller. The results of the model were
compared with the experimental data and a good agreement was observed between the
model prediction and actual data. The simulation results indicate that a significant
amount of polymer production (roughly 12%) takes place in the bubbles.

Keywords: Fluidization, Polyethylene, Dynamic simulation,Gas-phase polymerization

1. Introduction

Gas-phase catalytic fluidized-bed reactors
have been widely used as one of the main
methods for  producing  polyolefines.
Production of linear low  density
polyethylene (LLDPE) in a gas-phase reactor
using Zeigler-Natta catalyst is one of such
processes. Understanding the dynamic
behavior of this reactor is critical, especially
in the start-up and shut-down of the reactor
as well as in the grade transition process.
There are various models for the dynamic
behavior of the reactor and polymer
properties. Choi and Ray [1] were the first to
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consider both emulsion and bubble phases in
modeling the polyethylene fluidized bed
reactor. They assumed constant bubble size
along the bed and controlled the reactor
temperature with a PID controller under
feedback control. McAuley et a. [2]
considered the polymerization reactor as a
well-mixed reactor to develop the kinetic
model. McAuley et al. [3] compared the two-
phase and well mixed models. They showed
that the simple well mixed model does not
introduce significant error as compared to
that of atwo-phase model.

Fernandes and Lona [4,5 modeled the
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reactor by a heterogeneous three-phase model
(emulsion gas, emulsion polymer particles
and bubble). Hatzantonis et al. [6] considered
the effect of the varying bubble size with
respect to the bed height in their model. They
divided the reactor into two sections:
emulsion phase in a single plug flow reactor
(PFR) and bubble phase in N serial well
mixed reactors. Chatzidoukas et al. [7]
approximated the reactor behavior by a
single-phase continuous stirred tank reactor
(CSTR) to study the optimal grade transition
procedure. They considered the necessary
feedback and feedforward control loops and
determined the optimal control pairings
between manipulated and controlled
variables of the reactor employing the
complicated mathematical methods.
Alizadeh et al. [8] considered the gas-phase
polyethylene reactor as three pseudo-
homogeneous reactors assuming a mean
voidage for the bed. They employed a tanks-
in-series model to represent the hydro-
dynamics of the reactor. Kiashemshaki et al.
[9] developed a two-phase model for the
polyethylene  reactor based on the
hydrodynamic model of Jafari et al. [10]. In
their model, the reactor was divided into four
serial sections, each section consisting of
bubble and emulsion phases. Although in all
of these models it was assumed that the
polymerization reactions take place only in
the emulsion phase, Kiashemshaki et al. [9]
considered that polymerization reactions
simultaneously occur in both emulsion and
bubble phases, according to the dynamic two-
phase concept of fluidization [11].
Kiashemshaki et al. [9] showed that the
amount of polymer produced inside the
bubbles is not negligible. In the present work,
a dynamic model is proposed for estimating
the behavior of the gas-phase ethylene
polymerization reactor based on the steady-
state model of Kiashemshaki et al. [9].
Adding a proper level controller to the
model, it was then employed for investigating
the start-up of the reactor. Unlike other
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dynamic models, existence of the polymer
particles in the bubble phase is considered. A
more realistic dynamic model results in a
better understanding of the behavior of the
reactor during grade transition, start up and
shut down.

2.Reactor modeling
2.1. Hypotheses
The assumptions made in the present study
for dynamic modeling and simulation of the
reactor are as follows:
e Reactions occur in both bubble and
emulsion phases.
e Radial concentration and temperature
gradients in the reactor are negligible.
e Elutriation of solids at the top of the bed
is neglected.
e Catalyst is fed continuously into the
reactor as pre-polymer.
e Constant mean particle size is assumed
throughout the bed.
e Overall movement of polymer particles
is downward for both phases.

2.2.Kinetics

In this study, a comprehensive mechanism is
considered to describe the copolymerization
kinetics of ethylene and 1-butene over the
Ziegler-Natta catalyst with two different
active sites based on the kinetic model
proposed by McAuley et al. [2]. The catalyst
has multiple active sites leading to the
production of polymers having broad, and
often bimodal, molecular weight and
copolymer composition distributions [6]. The
key elementary reactions such as formation,
initiation, propagation and chain transfer
reactions are summarized in Table 1. The
method of moments was used to model the
polymer properties. The moment equations
are shown in Table 2. Once the moment
equations are solved, the rate of reaction for
each component, assuming the monomers are
mainly consumed through the propagation
reactions, could be obtained from [2]:
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R = f[Mi]Y(O, j)kai i=1,2 (1) calculated from:
R, = iMWR + MW, R, 3)
Ry, :Z[Mi]Y(O,j)kth ) i1

in which R and R, are the instantaneous

where NS is the number of types of active rate _of reaction for monomer i and hydrogen
sites. The kinetic rate constants were those ~ Obtained from Eq. (1) and (2), respectively.

proposed by Kiashemshaki et al. [9]. The
polymer production rate R, could be then

Table 1. Elementary reactions of ethylene polymerization system

Reaction

Description

N (j)—2 N(O, j)

N(0,j)+M, —25N,(1,)

Ni (I’,j)+Mi M)I\h (r+lj)

N (r, )+ M, —D 5 N (@, )+ Q(r, )
N.(r, ) +H,—" 5N, (0, ) +Qr, §)

Ny (0, )+ M, —40 5 N, (L, j)

Ny (O, j) + AlEL, — 05 N,(L, ])

N (r, )+ AlE —"2 N, (1, ) +Q(r, j)

N (r, ) —"2—N,, (0,1)+Q(r, )

N (r, ) —=2= Ny (§) +Q(r, )
N (0, j) —=2— Ny (j)
Ny (0, ) —=2— N, (j)

Formation reaction with co-catalyst

Initiation reaction with monomers

Propagation

Transfer to monomer

Transfer to hydrogen

Transfer to co-catalyst

Spontaneous transfer

Deactivation reactions
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Table 2. Moment equations

’ 1=k

p

dYé?,j) =[M_1{Ki L (IN(O, ) +kh ()N, (0, )} +kh (N, (O, DIAIEL,]
. ) . R
YO, J){kth(J)[HZ] +kfs_ (j)+ kds(j) +v_p}
dYo(ltl ) :[MT]{kiT(J)N(O, D+kh()HN,, (O, j)} +kh (DN, O DIAIEL]+[M ]k, (DY(O.)+{Y(0,)-Y (L))}
R
{Kfm (M. ]+ e, (IAIEL]] - V(L i){kth(J)[Hzl +kfs, (j)+kas(j) TV}
p
dYC(ItZ,J') =[M_1{Ki (DN, )+ Kh_ (DN, (0.} + kh ()N, (0. DIAIEL,]
+IM_Tkp (D{2Y @D - Y (O, 1)} +{Y (0. 1) - Y (2, )} {kfim__ ()M ]+ kit (DIAIEL ]|
. , . . Rv
= Y(2,))1 kth (D[H, ] +kfs_(]) + kds(j) + V_p
ax (n, ) . | , , . —
o {Y (D) = NL@ DK, (DM 1+ Kfr_ (DIAIEE ]+ kfh (D[H ]+ kfs_(j) + kds(J)}

2.3. Hydrodynamics

Most researches have employed the simple
two-phase concept for modeling the gas
phase ethylene polymerization (e.g., [3, 5,
6]). In the simple two-phase theory, it is
assumed that all the gas in excess of that
required for minimum fluidization passes
through the bed as solid free bubbles while
the emulsion stays at minimum fluidization
conditions. Existence of solid particles in
bubbles has been shown both experimentally
[12, 13] and theoretically [14, 15]. The
emulsion phase also does not remain at the
minimum fluidization condition and may
contain a higher amount of gas at higher gas
velocity [13, 16]. Mostoufi et al. [17] showed
that assuming the simple two-phase structure
of the fluidized beds would result in under-
predicting the performance of the reactor.
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They concluded that such an over-
simplification of the flow structure of gas
and solids in the fluidized bed reactors could
be quite misleading in the prediction of the
performance of such reactors. Based on these
facts, the concentration of particles in both
emulson and bubble phases have been
estimated in the present study from the
dynamic two-phase concept of fluidization
proposed by Cui et al. [11]. According to the
dynamic two-phase concept of fluidization
the bubbles may contain solid particles. In a
real fluidized bed, the concentration of
particles in the emulsion phase can be less
than that at the minimum fluidization, and
the bubbles can contain various amounts of
particles[11, 18].

Adopting the concepts of the dynamic two-
phase hydrodynamic structure [11], Jafari et
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al. [10] proposed a sequential modular
approach to modeling fluidized bed reactors.
According to their procedure, a fluidized
reactor should be divided into a number of
serial sections in which each section consists
of bubble and emulsion phases. The flow of
gas is considered as plug flow through the
bubbles and is perfectly mixed through the
emulsion phase in each section. Number of
sections is determined from Table 3 after
evauating the dimensionless number J

(which  includes both  kinetic and

hydrodynamic parameters) defined as:

J=Ha Y (4)
U

Hata number in this reaction system could be
determined from:

e (ngpik(JéNi(r,j))' -

The accuracy of Jafari et al.’s model [10] has
been confirmed by the experimental data
reported in the literature over awide range of
superficial gas velocity.

Kiashemshaki et al. [9] adopted Jafari’s

that the number of sections in this case
should be equal to four and showed that there
is a good agreement between the model and
actual polyethylene plant data. Therefore, the
hydrodynamic model of Kiashemshaki et al.
[9] has been employed in the present study.
The schematic of such an arrangement is
illustrated in Fig. 1. Equations used in this
hydrodynamic model are also given in Table
4.

Table 3. Number of segments[10]

J N
11.1<J 1
5.62<J<11.1 2
0.63< J<5.62 3
J<0.63 4

2.4. M ass balance equations

Based on the above hydrodynamic sub-
model, dynamic molar balances for the two
monomers (i.e., ethylene and 1-butene) and
hydrogen in the nth section of the bed are

model. [10] and developed it for a given by the following equations:
polyethylene fluidized reactor. They found
Section 1:
Bubble:
[M i]b,(in) UbAb - [M i ]b,(l) UbAb - Foutgb,(l)[M i]b,(l) -K beVb,(l) ([M i]b,(l) - [M i]e,(l)) -
A, oo d (6)

Voor Lw (Ribm + Ry, )Vpbmdz = a(vb,(l)gb,(l)[lvli]b,(l))
Emulsion:

5(1)
[M i ]e,(in)U eAe - [M i]e,(l)U eAe - I:out ge,(l)[M i]e,(l) +K beVe,(l) ﬁ

~ow (7)
([ M i]b,(l) - [M i]e,(l)) - (Rie + RH2e )(1)Vpe,(1, = i(Ve,(l)ge,(l)['\/l i]e,(l))

dt
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Table 4. Correlations and equations used in the hydrodynamic model

Parameter Formula Reference
Minimum fluidization velocity Re,; = [(29.5)2 +0.357Ar ]1/2 -295 [19]
Bubble velocity U,=U,-U,+u, [20]
Bubble rise velocity u,, =0.711(gd,)"? [20]
Emulsion velocity - M
€ 1-6
Bubble diameter d, = dyo[1+27(U, —U_)["°(1+6.84h)  d=0.0085  for Geldart B [21]
-1
(1,1
Kbc Koe
D 12 _1/4
Mass transfer coefficient Ky =4 & +5.8 i [22]
5/4
d, d,
12
K., =677 oot
1
1 1
e = [H Hj
bc ce
U ,0 C (k p C )1/291/4
Heat transfer coefficient H,.=4 9™ i,58 % [23]
dy d,
u 12
_ 12| Ee(mYbr
H.= 6.77(ngpgkg) ( E
b
. u 0o~ u mf
Bubble phase fraction 5(n) =0.534|1-exp| - W [11]
. . Uo -U mf
Emulsion phase porosity Eoqmy = € + 0.2-0.059exp ——— [11
’ 0.429
Bubble phase porosity [11]

Volume of the emulsion phasein
each section

Volume of the bubble phase in each
section

Volume of PFR in each section

Volume of polymer in the emulsion
phase in each section

Volume of polymer in the bubble
phase in each section

Uo _Umf
gb,(n) =1- 01466Xp - W

An(l-6,)
e(n) 4
Ahs,
b(n) 4

VPLUG,(n) :Vb,(n)gb,(n)
_ Ah(1- Een) )d- 5(”))

Pe(m) 4
_ A= &y )0

pb,(n)_ 4

28

Iranian Journal of Chemical Engineering, Vol. 6, No. 1



Hassimi, Mostoufi, Sotudeh-Gharebagh

Sections 2, 3, 4:
Bubble;

[Mi]b,(n—l) UbAb _[Mi]b(n)U A -K V (n)([M ]b(n) [M ]e(n))

d
&(Vb,(n)sb,(n)[Mi ]b,(n))

Emulsion:

Sy
[Mi]e,(n—l)uep%_[Mi]e,(n) &—FKbe e n)(

1-6,

d
= —(Ve’(n)ge,(n)[M i ]e,(n))

(Re + RHZe)(n)Vpe‘(n) dt

In the above equations, the direction of mass
transfer is assumed to be from bubble to
emulsion phase. It is worth noting that since
the overall conversion in the polyethylene
reactor is low (and in the bubbles is even
lower), the concentration of the monomers in
the bubble phase could be considered to be
constant (or averaged) in each segment when
calculating the accumulation terms.

The overal mass baance (equation of
continuity) of the polymer in the bed,
considering constant density and porosity, is:

Section 1:
Bubble;

4
UpA (Tb,(in) — T )Z Cp, [M i]b,(in) -U
i=1

4
’ Z—:2 (pr,(n) )b,(Z)Cp,pol (Tb,(2) ~ T )

4
— Fou (Tb,(l) — Ty )(gb,(l)z Cp, [M i]b,(l) +(1- gb,(l))ppol Cp.pol j
i-1

(2)
( J.z(l) R‘b @ Po,) dz + J; H2b(1) Po. (1) dzj

+AHR

Vewe
+ HpeVp (Te,(l) - b,(l))
. d
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J([Mi]b(n [M ]e(n)

" (Tb,(l)

Ab Zn) _
V I(H)(R >+ H, n))vphxn)dz_

PLUG,(n) (8)

(9)

1
(17 gave)ppcl A

dh

[F prepol out (1 gave)ppol + Ah(l gave)R ] dt

(10)
where g4 should be evaluated from:
Eae =08, +(1-0)e, (11)

2.5. Energy balance equations
The energy balance equations are:

4
- Tref )Z Cp, [M i]b,(l)
i=1

(12)

4
dt [ b,(1) (T, o) — T )|:‘9b,(l)z Cp,[M i]b,(l) +(1- gb,(l))ppolcp,pol }j
i=1
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Emulsion:

4 4
U eAe(Te,(in) _Tref )Z Cpi[M i]e,(in) -U eA%(Te,(l) - Tref )Z Cpi[M i]e,(l)
i=1 i=1

4

+ Zz (Rpe‘(n) )e,(z)Cp,poI (Te,(2) - Tref ) -
4

- Fout (Te,(l) - Tref )(ge,(l) Z CpI [ M i]e,(l) + (1_ ge,(l))ppol Cp,pol j (13)
i=1

2 Sy
+AH R(Zl (Rie,(1)vpe,(1>) + RHze.u)VPe,a)] H V l)[l 5( ](Te o ,(1))

d 4
= E(Ve,u) (Te,(l) — T ){5&(1); Cpi[M i]e,(l) +(@1- ge,(l))ppol O }]

Sections 2, 3, 4:
Bubble:

4 4
UbAb(Tb,(n—l) - Tref )Z Cpi [M i ]b,(n—l) - UbAb(Tb,(n) - Tref )Z Cpi [M i ]b,(n)
i=1 i
4
(Z(pr(n) (n+1) j p,pol (Tb(n+1) _Tref) _(Z(prv(n))b,(n j p.pol (T ref )

n+1
z(n) d z(n) R V d
v dee :
Z .[(n “1) ibm Pb z(n-1)  Hanem  Pom (14)
PLUG (n)

+H bevb,(n) (Te,(n) - Tb,(n))

Rv

d 4
= dt[ b.(n) (T, ™~ T {Sb,(n)chi [Mi]b,(n) +(1- gb,(n))ppolcp,pol D
i=1

Emulsion:
4 4

U eAe(Te,(n—l) - Tref )Z CpI [M i]e,(n—l) -U eA\e(Te,(n) - Tref )Z Cp,[M i]e,(n)
i=1 i=1

4 4
+ (z (Rpel(n) )e,(n+l) jcp,pol (Te,(n+1) - Tref ) - (Z (Rpev(n) )e,(n) \JCp,pol (Te,(n) - Tref )

n+1

5 (15)
+AH [Z (R, Vo) + R Vi j‘ HbeVe,<n{—1_5 J(Tem) ~Tom)

d 4
- E(Ve,(ﬂ) (Teqmy = Tret ){&m); C,IMiTem + Q=€) Ppa Coppo D
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Note that the overall direction of movement
of polymer particles in the bed is the opposite

of that for the gaseous stream (see Fig. 1).

GASOUT

Pre-Polymer
—_—

CSTR4

POLYMER
-~

Pre-Polymer

PFR4

PFR3

PFR2

PFRL POLYMER
—»

GAS FEED

Figure 1. Schematic diagram of the modeling structure of fluidized bed

Once the energy balance equations are
solved, the temperature of the unreacted
gases exit from the top of the reactor could
be evaluated from:

_Cy 0T, +C, (L-I)T,
C,8+C, (1-0)

(16)

Iranian Journal of Chemical Engineering, Vol. 6, No. 1

where C, and C, are the molar averaged

specific heat capacity of the gas in bubble
and emulsion phases in the outlet gaseous
stream from the top of the reactor,
respectively.

2.6. Level controller

Level of the solids in the bed is controlled by
the volumetric rate of the product withdrawn
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from the reactor. A proportional-integral-
derivative (PID) controller has been used for
this purpose. The general control equation
describing the PID controller is given by:

OP(t) = K_E(t) + - [ E(vdt+, dEQ (17
T Y0 dt

1

The tuned controller parameters are given in
Table 5.

Table 5. Parameters of the controller

Parameter Value
K, -0.08
1
T, -0.00001
Td -17

2.7. Polymer molecular weight

In order to evaluate the molecular weight of
the polymer produced in the reactor at any
time, dynamic molar balances have been
developed for the number of moles of the two
monomers incorporated or bounded inside
the polymer particles of each phase:

Section 1:

n v.(2) ni,(l)Fout(l B S(n)) v
,(2) L,(1) p,(1)
Vp,(Z) Vp,(l)
_ dni’(l)
dt
(18)
Section 2, 3, 4:
R
v,(n+1) v,(n)
—woth W 4RV
1lli,(nJrl) AV L(n) Vv i,(n) p,(n)
p,(n+1) p,(n)
_ dni’(n)
dt

(19)

32

The weight average molecular weights of the
polymer could be then evaluated from:

o m X2, )Y, )
M, =—2 (20)
2 AX M) +Y( )}

3. Results and discussion

The proposed model is comprised of 145
ordinary differential equations (ODE). There
are 18 equations for each phase of the reactor
including 3 molar balance equations for the
monomers and hydrogen, one energy balance
equation, 2 molar balance equations for the
monomers incorporated or bounded in the
polymer particles and 12 moment equations.
The equation of the level controller is also
added to the above set of equations. These
equations were solved for start-up at the
operating conditions given in Table 6. These
operating conditions and the related plant
data were gathered from the polyethylene
plant of Arak Petrochemical Complex. The
catalyst injection rate was adjusted such that
the desired value of the polymer production
rate at the outlet would be reached.

Table 6. Operating conditions of the reactor

Parameter Unit Value
h (initial) m 8
h (set point) m 11
D, m 39
U m/s 0.57
Tin K 317
P bar(g) 19
d, pm 1145
Ethylene % 40
1-Butene % 17
Hydrogen % 9
Inert gas % 34

Iranian Journal of Chemical Engineering, Vol. 6, No. 1
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A comparison between results of the
simulation and the actua plant data for a
sample grade of LLDPE is given in Table 7.
As shown in the table, there is a good
agreement between operating conditions
(temperature and production rate) predicted
by the model and the real plant data. Actual
weight average molecular weights reported
in Table 7 were estimated based on the
measured melt flow index of the product [9].
Calculated average molecular weights are
also close to the real molecular weights.

Evolution of the bed height vs. time at the
specified operating conditionsisillustrated in
Fig. 2. It can be seen in this figure that the
bed height has reached the set point after
about 8 hours and remained stable
afterwards. Peaks (or valleys) in the bed
height would have a considerable effect on
the performance of the reactor because it
determines the residence time of solids and
the gas in the reactor. This effect is shown
and discussed in the following figures.

Table 7. Comparison between the simulation results and the experimental data

. Temperature Production Rate (ton/hr) | Average Molecular Weight
Timeafter (°C) (kg/kgmol)
(hr) P Actual Simulation Actual Simulation | Actual plant | Simulation
plant data results plant data results data results
6 100.0 96.9 - 1.10x10° 1.00x10°
14 93.6 92.2 - 1.18x10° 1.03x10°
22 90.0 92.0 8.6 1.15x10° 1.02x10°
13
12.5 1
12
11.5
E 1
5
- 105
ey
B 104
a]
9.5+
9 |
8.5+
8 T T
0 5 10 15
Time (hr.)

Figure 2. Bed height vs. time of operation

Iranian Journal of Chemical Engineering, Vol. 6, No. 1
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The outlet mole percent of ethylene in the
bubble and emulsion phases are shown in
Fig. 3. As expected, the concentration of
ethylene in the bubble phase is higher than
that in the emulsion phase due to the lower
amount of particles in the bubble phase. It is
also seen in this figure that ethylene in the
emulsion phase is consumed faster (higher
slope of the curve) than in the bubble phase.
The minima in the concentrations are due to
the occurrence of a maximum in the bed
height since the maximum height of the bed
results in the maximum residence time of the
reactants in the bed. Monomers are
consumptions that are proportional to the
residence time of the gas, thus, monomer

concentrations reduce when the height of the
bed increases.

Fig. 4 illustrates the rate of production of
polymer in the reactor, as well as in the
bubbles and emulsion phase, as a function of
time of operation. As could be seen in this
figure, maximum production occurs when the
bed height reaches its maximum (see Fig. 2).
As mentioned above, the reason for reaching
a maximum of production at the same time
that the bed height becomes maximum is that
the residence time of monomer gases in the
bed is proportional to the bed height. As a
result, more polymers would be produced
when the bed height is increased.

——— emulsion
bubble

42.5
Q
S 42
-*)
=
&
>
< 4154 \ _
5 \ —
e \
=
2 41 4
£
"
2
=
S 40.5
= \\/
40 T
0 5

Time (hr.)

Figure 3. Mole percent of ethylene in the bubble and emulsion phases

Production Rate (ton/hr)
(=)}

Time (hr.)

Figure 4. Production rate of the polymer vs. time of operation
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Moreover, it can be seen in Fig. 4 that the
production rate of polymer in the bubble
phase is less than that in the emulsion phase
due to the fact that emulsion contains more
catalyst. It could be concluded from Fig. 4
that about 88% of the product is produced in
the emulsion phase while the share of the
bubbles in the production is around 12%. It
is worth mentioning that the catalyst is
distributed among this phase in almost the
same portion. Fig. 4 confirms that
contribution of solid particles inside the
bubble phase is not negligible in production

of the polymer, as previously pointed out by
Kiashemshaki et al. [9].

The difference between the temperatures of
the bubble and emulsion phases is illustrated
in Fig. 5. As expected, the emulsion phase
temperature is significantly higher than the
bubble phase temperature because of the
higher polymer production rate in the
emulsion phase. Occurrence of the maximum
in the temperature corresponds to the
maximum in the bed height, as discussed
above.

400

380 -

w

(o2}

o
I

Temperature (K)

320

300 ‘

10 15

Time (hr.)

Figure 5. Bubble and emulsion phase temperatures

Control of gas-phase polymerization reactors
is a complicated task because of the high
non-linearity of the system. In an industrial
gas-phase polyethylene reactor, controlling
the bed level is one of the most critical and
difficult tasks. It has been shown in the
previous figures that all the process valuesin
the bed are correlated to the height of the
solids in the reactor. It is known that when a

Iranian Journal of Chemical Engineering, Vol. 6, No. 1

large process is to be controlled, the
proportiona controller is suitable. This is the
case for many liquid level control loops.
Also, the effect of proportional gain is more
significant than the integral and derivative
time. Therefore, the effect of K. on the
reactor was investigated after setting integral
and derivative terms into their reasonable
values. The trend illustrated in Fig. 2 has
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been achieved after tuning the control
parameters in order to damp the leve
fluctuations and reach the desired value. It is
important to mention that an improper tuning
of the level controller would result in an
oscillation pattern, loosening the bed or
increasing the bed height without a practical
limit. Sengsitivity of the solids level in the
reactor with the parameters of the controller
isillustrated in Fig. 6. Sengitivity of the bed
behavior to the value of the proportional gain
of the controller is shown in this figure while

20

other parameters of the controller are kept
unchanged. It is shown that in this case, the
level of the bed could be properly controlled
when K¢ is less than -0.25. This figure shows
that selecting an improper gain might lead to
loosening the control of the level of the bed.
It is then necessary to further investigate the
dynamic behavior of the bed more
thoroughly and carryout dynamic
optimization of the polyethylene reactor at
different unsteady-state conditions.

Bed Height (m)
o 5

()]

1——Kce=0015
41 -—-Kc=-002
------ Kc=-0.025
24----Kc=-0.03
0
0 2

Time (hr.)

Figure 6. Variation of the level of the bed vs. time of operation at different proportional gains

4. Conclusions

A two-phase model consisting of 145 ODESs
has been developed to predict the dynamic
behavior of the gas phase fluidized bed
reactor of ethylene polymerization. The
reactor was divided into four serial sections
where each section consists of bubble and
emulsion phases. Flow of the gas was
considered as plug flow through the bubbles
and perfectly mixed through the emulsion
phase. Existence of solids in the bubbles was
considered in the present study, thus, the
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polymerization reactions occur in both
emulsion and bubble phases. Dynamic
simulation of the reactor was accomplished
by means of integrating the model equations
along with controlling the bed height with a
PID controller.Due to high non-linearity of
the model equations, controlling the gas-
phase polymerization reactor is a difficult
task. Controlling the bed height is an
important factor in the reactor performance.
It was shown that peaks or valleys of the bed
height have a significant effect on al of the
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reactor variables, especially those related to
the emulsion phase due to a higher
contribution of this phase in the production
rate. Results of the simulation were
compared with the plant data and a close
agreement was observed between the model
prediction and real data. It has been shown
that since there is a significant amount of
catalyst particles in the bubble phase,
neglecting the production rate in this phase
could lead to significant error. The proposed
model is suitable for simulating the dynamic
behavior of the reactor at start-up, shut-down
and grade transition.
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Notation

A cross sectional area of the reactor, m?
AlEt; triethyl aluminum

Ar Archimedes number

C specific heat capacity of component i,

Jkg.K

specific heat capacity of
product, Jkg.K

dp bubble diameter, m

dp particle diameter, m

Dy  gasdiffusion coefficient, m’/s
Dy reactor diameter, m

E deviation from set point

Fow Vvolumetric product removal rate, m%/s
pre-polymer flow rate, kg/s

Ky gas thermal conductivity, W/m.K

J dimensionless no.

kih.  transfer to hydrogen rate constant for

a polymer chain with terminal
monomer i, m*kmol.s
transfer to monomer krate constant
for a polymer chain with terminal
monomer i, m*kmol.s
kfr  transfer to co-catalyst rate constant

solid
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ks

kh
kn,
ki.

KPi

Kds
Kf

Ha
Hbc

H ce

Hbe

313

[Mi]
[MiJin

[M-]

Mw

MW

for a polymer chain with terminal
monomer i, m*/kmol.s
spontaneous transfer rate constant for

a polymer chain with terminal
monomer i, m*kmol.s
rate constant for re-initiation by

monomer i, m*kmol.s
rate constant for re-initiation by co-

catalyst i, m*kmol.s
rate constant for

monomer i, m*kmol.s
propagation rate constant for a

polymer chain  with  termina
monomer i reacting with monomer
k,m*kmol.s

bubble to cloud mass
coefficient, s*

bubble to emulson mass transfer
coefficient, s*

proportiona gain of the controller
cloud to emulsion mass transfer
coefficient, s*

initiation by

transfer

spontaneous deactivation rate
constant, s*

Formation rate constant, s*

bed height, m

Hata number

bubble to cloud heat transfer
coefficient, W/m?3.K

cloud to emulsion heat transfer

coefficient, W/m?>.K

bubble to emulsion heat transfer
coefficient, W/m> K

number of monomers

mean monomer molecular weight,
kg/kgmol

concentration of component i in the
reactor, kmol/m?®

concentration of component i in the
inlet gaseous stream

total molar monomer concentration,
kmol/m?

the ith monomer

weight average molecular weight,
kg/kmol

molecular weight of monomer i,
kg/kmol
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MW, molecular weight of hydrogen,
kg/kmol
N(O,j) active site type | produced by

formation reaction
N”(j) potential active site type |
Na(j) spontaneously deactivated site of type

J

Nu(0,j))active site of type j produced by
transfer to hydrogen

Ni(r,J) live polymer of length r growing on
site of type j with terminal monomer i

NS  number of type of active sites

n; number of moles of reacted monomer
i bound in the polymer in the reactor,
kmol

OP  controller output

P pressure, Pa

Q(r,j) dead polymer of length r produced at
site of type]j

R, instantaneous rate of reaction for

monomer i in the bubble phase,
kmol/m°.s
R~ instantaneous rate of reaction for

monomer i in the emulsion phase,
kmol/mS.s

R instantaneous rate of reaction for
monomer i, kmol/m3.s

R,, instantaneous rate of reaction for

hydrogen, kmol/m®.s

R,  production rate, kg/m®.s

R, volumetric flow rate of polymer from
the reactor, m*/s

t operating time, s

T temperature, K

Tin  temperature of the inlet gaseous
stream , K

Uo  supeficia gasvelocity, m/s

U,  bubbleveocity, m/s

Ue  emulsion gasvelocity, m/s

U minimum fluidization velocity, m/s

Y} volume, m®

VeLue Volume of PFR in each section, m®

Vo voglume of polymer inside the reactor,

m
X(nj) nth  moment of dead polymer
produced at site of type|

Y(n,j) nth moment of live polymer produced

38

at site of type]|
z axial position, m
Greek letters
AHr  heat of reaction, KJkmol
) volume fraction of bubblesin bed
€ void fraction
€ave average voidage of the bed
u gas viscosity, Pa.s
P density, kg/m®
T integral time, s
Tqg derivativetime, s

Subscripts and superscripts
ethylene

1-butene
hydrogen
inert gas
bubble phase
emulsion phase
Gas
feed or inlet
monomer type no.
active site type no.
minimum fluidization
section no.

I polymer

reference conditions

5 > — — o o0 oM WNRF
o = S

c,
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